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The chromatographic fractionation of proteins by size-exclusion chromatography in a
( )simulated mo®ing bed SMB is studied. During experimental fractionation of a mixture

( )of bo®ine serum albumin BSA and myoglobin on Sepharose Big Beads, mass-transfer
effects are shown to limit the performance of the SMB. The internal profiles, as well as
the extract and raffinate compositions, are described well by a steady-state equi®alent

( )true mo®ing-bed TMB model that incorporates mass-transfer effects. The selection of
the particle size in SMB is a trade-off between producti®ity and mass transfer. Based on
the equi®alent TMB model, the optimum particle size and configuration of the SMB can

( )be selected, at which preset performance criteria purity, reco®ery are met at specified
flow-rate ratios, total column length, and pressure drop. For the current feed and appa-
ratus, an optimal particle size of approximately 145 �m is calculated for achie®ement of
purities and o®erall reco®eries of 95%.

Introduction

In the production of biopharmaceutical proteins, size-
exclusion chromatography is a common method of choice as
one of the last steps in purification. For example, in the pu-

Ž .rification of recombinant human serum albumin rHSA , size
exclusion is used for removal of dimeric forms as well as
degradation fragments of HSA from the monomeric product
Ž .Berezenko et al., 1996 . Conventional size-exclusion chro-
matography is a technique of low efficiency, which is predom-
inantly caused by the limited selectivity of the resin material
for the target protein or contaminants. To achieve a suffi-
ciently high resolution at the small differences in the distri-
bution coefficients of the solutes to be separated, the ratio of
sorbent material to feed volume is large. Only a diluted prod-
uct can often be obtained. In order to obtain the required
purity at a reasonable yield, recycling of product fractions
may be needed. This further increases eluent and resin con-
sumption.

Obviously, there is a need for more efficient size-
Ž .exclusion-based process. Simulated moving-bed SMB tech-

nology seems an attractive alternative to these troublesome
separations. By SMB technology, a continuous feed is frac-

Ž .tionated in two or more product streams, as is shown in
Figure 1. In general, reduced sorbent and solvent needs as
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compared to fixed-bed chromatography have been reported
Ž .Ballanec and Hotier, 1993; Cavoy et al., 1997 . Recently,
there has been increased interest in the use of SMB technol-
ogy for the purification of various fine chemicals and biotech-
nology products. Examples of recent studies include those on

Žthe separation of enantiomers Pais et al., 1997; Cavoy et al.,
. Ž1997 , amino acids Wu et al., 1998; Van Walsem and

. ŽThompson, 1997 , and proteins Houwing et al., 1999;
.Gottschlich and Kasche, 1997 . So far, size-exclusion chro-

matography in SMB has only been reported for the fractiona-
Ž .tion of dextran polymers Ruthven and Ching, 1989 , as well

as for the desalination of a single protein feed stream
Ž .Hashimoto et al., 1988 .

A satisfactory performance of the SMB in terms of product
purity can only be achieved after proper selection of the liq-
uid and solid flow rates. Methods for selecting the liquid-to-
sorbent flow rate ratios usually rely on a local equilibrium
approach. In the case of linear adsorption isotherms, the

Žanalysis is simple and based on separation factors Ss
. Ž .� Kr� Ruthven and Ching, 1989 . The procedure reliesS L

on recognition of the direction of movement of every compo-
nent in every section required for separation, as is shown in
Figure 1. Movement in an upward direction requires a sepa-
ration factor exceeding unity, whereas downward motion
needs separation factors below unity. In the case of nonlinear
adsorption isotherms, a more involved analysis based on wave
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Figure 1. SMB system.
Arrows indicate the direction of movement of components.

Žtheory is usually performed Storti et al., 1989; Wu et al.,
.1998 . ‘‘Triangle theory,’’ the approach of the Morbidelli
Ž .group for example, Storti et al., 1993 , defines a region of

complete separation. Only when the ratios of liquid-to-
Ž .sorbent flow rates in sections II and III cf. Figure 1 are

Žchosen inside this region and provided sections are of suffi-
.cient length , a pure extract and a pure raffinate product may

be harvested, that is, complete separation can occur. The ra-
tios of the liquid-to-resin flow rates in the various sections of
a TMB system, ms� r� , are related to the flow ratesL S
�SMB and switch time � in the corresponding SMB system by
Ž .Migliorini et al., 1999a

�SMB�� yV�yVd
ms 1Ž .

V 1y�Ž .

where V is the volume of one column, � is the bed porosity,
and V is the dead volume per column.d

Equilibrium theory thus gives the necessary criteria for de-
sign of the SMB. However, these criteria are not sufficient,
because mass-transfer and pressure-drop limitations further
restrict the operating window. In this study, we focus on the
selection of the particle diameter. The optimal particle diam-
eter strikes a balance between productivity, which is limited
by the pressure drop, which is in turn favored by large parti-
cles, and mass-transfer efficiency, which is favored by small
particles. In practice, SMB particle-size selection is often
based on prior knowledge of fixed-bed separations. However,
this may not result in an optimal particle size for SMB, be-

Žcause of column sizing restrictions in the SMB Charton and
.Nicoud, 1995 . In order to achieve the required purity and

recovery at maximum productivity, it may be useful to use
larger particles in the SMB of fixed column length.

The effect of mass-transfer resistances on the performance
of the SMB has been shown in several articles. Storti et al.
Ž .1989 , who based their analysis on dimensionless Stanton
numbers, showed that a minimal Stanton number is required
to obtain a given separation performance. Zhong and Guio-

Ž .chon 1997 , who based the analysis of the effect of mass-
transfer resistances on simulations of the simulated moving
bed under linear conditions, demonstrated the effect on pro-

Ž .files inside the columns. Wu et al. 1998 showed that mass-
transfer effects should be incorporated into the design of an
SMB system for separation of amino acid mixtures. In their
approach, the mass transfer and dispersion factors are added
to the flow-rate ratios obtained from equilibrium analysis.

Ž .Azevedo and Rodrigues 1999 showed the shrinking of the
complete separation region as a function of mass-transfer ef-
fects in the case of linear isotherms. The boundaries to the
region of complete separation were calculated by repetitively
taking an incremental increase in flow-rate ratios, and verify-
ing the complete separation at these settings by numerical

Ž .simulation. Migliorini et al. 1999b performed a similar study
for isotherms of the bi-Langmuir type, where contours of a
given purity were calculated by numerical simulation as a
function of the column mass-transfer efficiency.

The optimization of particle size in SMB was described by
Ž .Charton and Nicoud 1995 . The optimal particle size is found

at the optimum defined by the maximum overall pressure-
drop and the mass-transfer efficiency. In the analysis, it is
assumed that the number of columns per section is equal in
all sections. For pressure-drop calculations, an average veloc-
ity has been taken. This approach is only useful in the case of
‘‘symmetric’’ separations, of components of similar diffusivity,
and of feed solutions containing similar concentrations of the
two solutes to be separated.

In this study, we have analyzed the optimization of the par-
ticle selection for SMB fractionation of a mixture of proteins,
where mass-transfer resistances are relatively large. The frac-

Ž .tionation of bovine serum albumin BSA and myoglobin
Ž .myo has been used as a model separation, and has been
studied by both experiment and model. The importance of
mass-transfer effects on separation performance is illustrated
in experiments in an SMB with a small number of columns,
containing relatively large gel particles. In addition, an analy-
sis based on Stanton numbers was performed, in order to
select the optimal particle size.

Theory
Fixed-bed and TMB models

The profiles in conventional fixed-bed columns as well as
in TMB systems have been simulated numerically. The basis

Ž .of our models is the one-dimensional 1-D mass balances for
the liquid and sorbent phases

� c � c � 2c
sy® qE y� � k a� q yqŽ .o eq2� t � x � x

� q � q
s® qk a� q yq 2Ž . Ž .s o eq� t � x

where c and q are the liquid- and solid-phase concentrations,
respectively, and q is the solid-phase concentration in equi-eq
librium with c. Only linear equilibria will be considered in
this article, hence q sKc, where K is the distribution coef-eq
ficient. Variables ® and ® are the liquid and solid phase in-s
terstitial velocities, x is the distance in the column, E is the
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ŽŽ . .axial dispersion coefficient, � is the phase ratio 1y� r� ,
and k a is the overall mass-transfer coefficient. In the caseo

Ž .of a conventional fixed-bed column, the solids velocity ®s
obviously equals zero.

Mass transfer between the two phases is described using a
linear driving-force approximation. In order to simplify the

Ž 2 2.set of equations, the axial dispersion term E� cr� x has
been omitted from Eq. 2 and been implemented in the over-

Žall mass-transfer coefficient according to Glueckauf Ruth-
.ven, 1984 . The definition of the mass-transfer coefficient, as

Ž .given by Carta and Stringfield 1992 , reworked using our no-
tation, is

2 d K � d1 K 1p ps q � q 3Ž .ž /k � a ® 6 k ko L S

The first term represents dispersion, the second term repre-
sents the mass-transfer resistance in the liquid film surround-
ing the particle, and the third term represents the mass-
transfer resistance in the pore liquid. In this equation, both
the left-and righthand sides have been divided by the interfa-
cial area as6rd , where d is the particle diameter. Thep p
liquid-side mass-transfer coefficient k is calculated from di-L
mensionless relations involving the liquid-side Sherwood

Ž .number Guiochon et al., 1994

1.903
0.33 0.33Sh s � Re � ScL �

where

d k � ®d �p L p
Sh s , Res , and Scs 4Ž .L D � D�

The diffusion coefficients are assumed to be D s6 �10y11
BS A

2 y11 2 Žm rs and D s10.8 �10 m rs Laurent and Killander,m yo
.1964 . Furthermore, � is the viscosity and � is the liquid

Ž .water density.
The solid-side mass-transfer coefficient k is calculatedS

Ž .from the solid-side Sherwood number k sD Sh rd in aS S S p
similar way. Here Sh has been used as a fitting parameter.S

Ž .The intraparticle diffusion coefficient D was calculatedS
Ž .from the free liquid diffusion coefficient D , the radius of

Ž . Ž .the protein r , and the particle solids fraction 	 , as wasp f
Ž .shown by Vonk 1994

DS 0.5sexp y	 �
Ž .fD

where

rp

s 5Ž .

rf

The fiber diameter was assumed to be 1.7 nm as described
Ž .for Sepharose matrices by Vonk 1994 . The protein radii were

obtained from the Stokes�Einstein relation, which relates the
free diffusivity in water to the equivalent solute sphere diam-
eter. For BSA and myoglobin, the calculated radii are 3.64
nm and 1.99 nm, respectively.

In order to calculate the profiles in fixed-bed pulse experi-
ments, the analytical solution of the mass-balance equation
Ž . Ž .Eq. 2 derived by Carta and Stringfield 1992 is used. This
model neglects accumulation in the liquid phase. As sug-
gested by the authors, one column void volume is added to
the elution volumes of the peaks in order to be able to ac-
count for liquid-phase accumulation.

The steady-state profiles in the equivalent TMB are pre-
dicted by an analytical solution of the TMB mass balance
equations. The model, which is similar to that of Ruthven

Ž .and Ching 1989 , is shown in the Appendix. The basic equa-
tion is the mass balance of the liquid. At steady state, the
accumulation in the liquid phase is zero, so the equation re-
duces to

dc
® � q� k a� Kcyq s0 6Ž . Ž .0dx

The relation between the solid- and liquid-phase concen-
trations is obtained from the overall mass balance over a

Žcountercurrent column from the liquid inlet side position x
.s0 to position x

®
qyq s � cyc 7Ž . Ž .0 0� ®s

The combination of these two equations results in a differen-
tial equation that can be integrated analytically, to yield the
profile of one section at known inlet concentrations. When
four section balances are combined with the ‘‘node-equa-
tions,’’ that is, the mass balances over the in- and outlet ports,
all concentrations in the equivalent TMB can be calculated.

Optimization of separation performance
The model described in the previous subsection can be used

to optimize of the performance of the SMB. The perfor-
Ž . Žmance is given in terms of purity P and P , recovery R ,E R E

R , R and R , where the latter two indicate the over-R ov, A ov, B
.all recovery of the components in both extract and raffinate

and productivity, the amount of feed processed per unit of
Ž .system volume Pr . In this article, the following definitions

of these will be used

c cA , E B , R
P s P sE Rc qc c qcA , E B , E A , R B , R

m ym c m ym cŽ . Ž .2 1 A , E 3 4 B , R
R s R sE Rm ym c m ym cŽ . Ž .3 2 A , F 3 2 B , F

m c m c4 A ,W 4 B ,W
R s1y R s1yov, A ov , Bm ym c m ym cŽ . Ž .3 2 A , F 3 2 B , F

� m ym ® 1y�Ž . Ž .F 3 2 s
Prs s 8Ž .

V Ltot tot

In Eq. 8, A is the more retained component, B is the less
retained component, and the subscripts E, F, R, and W de-
note the extract, feed, raffinate, and waste, respectively. The
variable L represents the added column length.tot

In the following we will use the TMB model to optimize
the purity and recovery as well as the productivity. In this
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analysis, it is assumed that the equilibrium- and mass-trans-
fer coefficients do not change when the sorbent particle is

Ž .increased or reduced in size Charton and Nicoud, 1995 .
Furthermore, we will use only TMB situations, that is, where
column lengths can have any value and are not restricted to
an integer number of columns, such as in the SMB.

Optimization of Purity and Reco®ery. In the TMB model,
only the Stanton numbers influence performance as soon as
the flow-rate ratios have been fixed. In order to obtain the

Ž .system configuration that is, the lengths of the four sections
that result in a given purity and recovery, the Stanton num-
ber needs to be adjusted. This is done conveniently by vary-
ing the lengths of the four sections independently in the
model, while keeping the variables m, d , ® constant, untilp s

Ž .the imposed purity and overall recovery are met.
Optimization of Producti®ity. As is clear from Eq. 8, the

productivity is determined by the solids interstitial velocity
® . This velocity is limited by the particle diameter. On thes
one hand, pressure-drop restrictions only allow a high veloc-
ity at large particle diameters. On the other hand, mass-
transfer effects only allow a high velocity at small particle
diameters. Obviously, there is a trade-off, as is the case in
conventional fixed-bed chromatography.

For calculation of the producti®ity limited by pressure drop
we assume that the pressure drop per meter limits the flow
rate applied in the SMB. The pressure drop per meter under
laminar flow conditions is given by the Blake�Kozeny equa-
tion

� P � 2� ®maxs170 9Ž .2L dp

The maximum productivity with respect to pressure drop is
then calculated by combining Eqs. 8 and 9. The relation be-
tween ® and ® is obtained from Eq. 1. The resulting rela-max s
tion for the maximum productivity determined by the pres-
sure drop, at a known total length, is

� P
2� dpm ym �Ž .3 2 LPr s � � 10Ž .� p V L 170��d� 0 tot� m q1qmax V�

It is assumed that the ratio of extracolumn dead volume to
column volume is constant and independent of the system
size.

The calculation of the producti®ity limited by mass-transfer
effects is a matter of optimizing the Stanton numbers. In this
case, the total column length is imposed, as are the purities

Ž .and the overall recoveries of the two components cf. Eq. 8 .
At fixed values of m and d , there are five unknown vari-p

Ž .ables length of four sections and solids velocity , and five
Ž . Žimplicit equations two for purity, two for recovery, one for

.total length . These can be solved using the TMB model. The
calculation is repeated for various particle diameters.

As in conventional fixed-bed chromatography, the opti-
mum particle size is found by equating the maximum produc-
tivity defined by mass-transfer limitations and also defined by
pressure-drop limitations.

Experimental
SMB setup

The laboratory-scale SMB used in the experiments was built
by the Kluyver Laboratory workshop. Four Shimadzu LC8a
pumps are used to control the desorbent, extract, feed, and
raffinate streams. These pumps are controlled by a Shimadzu
LC10a system controller. The positions of the feed and efflu-
ent streams in the system are controlled by four twelve-port

Ž .valves Valco . Unidirectional flow is established by connect-
Ž .ing the recycle stream to open air, similar to Priegnitz 1996 .

Ž .A 24-port valve Valco serves this purpose. In our experi-
ments, the liquid waste stream was not recycled to the desor-
bent stream for further reduction of eluent. Valves were con-
trolled by computer software that was developed in-house.

The dead ®olume connected to each individual column in
the SMB system was 0.39�0.01 mL per column. This value is
the difference between the residence times of pulses of dex-
tran blue, tryptophan, BSA, and myoglobin on eight separate
columns, and the same columns assembled in the SMB. The
method for pulse residence time determination is given be-
low.

To monitor the actual flow rates in the SMB system, sam-
ples of the extract, raffinate and waste streams were weighed.

Methods
For preparation of the SMB-columns, the matrix was

packed in 1-cm-diam Omnifit glass columns at increasing flow
rates up to 10 mLrmin, resulting in columns of 8.9 cm length,
6.9 mL volume. The beds have a void fraction of 0.39, as was
determined by dextran blue pulses. The packing quality of
the columns was checked by the pulses of dextran blue
Ž . ŽPharmacia Biotech Benelux and tryptophan Merck, Darm-

.stadt . The retention times were 2.70�0.12 mL and 7.87�
0.13 mL respectively. A similar procedure was used for
preparation of a column for the pulse experiments. Packing
was continued up to 6.5 mLrmin, resulting in a column of 9.6
cm length.

Single-column pulse experiments were performed on an
ŽFPLC system controlled by Unicorn version 2.01 Amersham

.Pharmacia Biotech Benelux . Pulses of 100 �L containing 10
grL protein were injected. Phosphate buffer was used as the
eluent. Various flow rates between 0.5 and 4 mLrmin were
used.

Off-line determinations of the concentrations of the pro-
Žteins were performed on a PDA spectrophotometer HP
.8435e UV-VIS spectroscopic system, Hewlett-Packard . In

addition, the concentrations of the two proteins were moni-
tored by an in-line Shimadzu SPD-M10Avp Photodiode array

Ždetector, operated by Class-VP software version 4.2, Shi-
.madzu .

Using single-component calibration curves, the concentra-
tions of myoglobin and BSA were calculated from the ab-
sorption at 405 and 280 nm. The absorption at 405 nm is
attributed to myoglobin, since BSA absorption is negligible at
that wavelength. From the absorption at 280 nm and the
known concentration of myoglobin, the concentration of BSA
was calculated.

The particle ®oid fraction was determined by weight. The
density of a settled bed of particles was determined by weigh-

Ž .ing a measuring cylinder without w and with a gel slurrym
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Ž . Ž .w , with the slurry volume of water w and with water ofs ws
Ž .a volume equal to the settled-bed volume w . The settled-wb

bed density � was calculated froms

w yw yw qws m ms wb
� s ��b w ywwb m

The density of big beads was, thus, determined to be 1,050
3 Ž .kgrm . The dry weight of the settled bed dw was deter-b

mined in duplicate by drying at 105
C for 2 h. The obtained
value, 63.8 grL, agrees well with the value of the 63.4-grL

Žbed given by the manufacturer Kon, personal communica-
. Ž .tion . The fraction of fibers in the sorbent sphere 	 wasf

calculated from the preceding data with

� s� �q 1y� 1y	 �qdwŽ . Ž .b sb sb f b

where the porosity of the settled bed was estimated as 0.39.
The fraction of fibers obtained in this way was 0.022 mL
fiberrmL sorbent sphere.

Materials
An underivatized sepharose big beads matrix, which was a

kind gift from Amersham Pharmacia Biotech Benelux, was
used. This matrix, with an average particle diameter of 200
�m, is made of highly cross-linked agarose.

In all experiments, a 10-mM phosphate buffer, pH 7, con-
taining 0.1 M NaCl was used as eluent. In the SMB experi-
ments, a feed solution containing 1 grL myoglobin from horse

Ž .heart Sigma cat. no. M1882, �90% pure and 5 grL BSA
Ž .Sigma, cat. no. A7906 were used.

Results
Pulse experiments

Both the position and the shape of the response to pulse
experiments were a strong function of the applied liquid ve-

Ž .locity see Figure 2 for BSA experiments . This supports the
hypothesis that mass-transfer resistances play an important
role in the size exclusion of proteins on such large diameter
particles and at high liquid velocities. Best fits of the analyti-
cal solution to the chromatograms were obtained when Kmyo
s0.88, K s0.65, and Sh s6.64. The best fits have beenBSA s

Ž .determined by the sum of the sum of squared errors SSE
Ž Ž .2.s� c yc of all experiments. Figure 2 showsmeasured model
a comparison of the normalized experimental chromatograms
and model predictions at a flow rate of 1 mLrmin as an ex-
ample. At higher flow rates, the accuracy of the prediction
decreased; the SSE increased from 0.003 at a liquid flow rate
of 1 mLrmin to 0.09 at a liquid flow rate of 4 mLrmin. At the
high flow rates, the mass-transfer effects were overpredicted
by the model.

SMB experiments
In neither of the five SMB experiments, the conditions of

which are shown in Table 1 and Figure 3, 100% purity of
Ž .either of the two products was obtained cf. Table 1 . Com-

plete separation was expected in experiments II, III, and IV,

( )Figure 2. a Variations in experimental peak shape of
pulses of BSA at different liquid velocities.

( )Numbers indicate flow rates in mLrrrrrmin; b
example of simulated pulse chromatograms at
1 mLrrrrrmin calculated from analytical solution
(Parameters used in simulation: K s0.67;BSA

)K s0.85; Shss8 .myo

as these experiments were chosen well inside the ‘‘triangle of
complete separation,’’ as is shown in Figure 3. This clearly
reflects the effects of mass-transfer limitations. Large mass-
transfer resistances result in broadening of the fronts be-
tween the loaded and unloaded parts of the column. Hence,
the end of the BSA desorptive front can extend beyond the
extract outlet and result in BSA contaminating the extract

Table 1. Experimental Conditions, Outlet Concentrations,
and Calculated Purities.

Experiment I II III IV V

m 1.02 1.02 1.02 1.02 1.021
m 0.62 0.66 0.72 0.78 0.842
m 0.66 0.70 0.76 0.82 0.883
m 0.33 0.31 0.30 0.31 0.314

w xc extract grL 0.09 0.10 0.11 0.10 0.09myo
w xc extract grL 0.22 0.17 0.12 0.10 0.07BSA

w xc raffinate grL 0.00 0.01 0.01 0.02 0.04myo
w xc raffinate grL 0.28 0.31 0.31 0.34 0.35BSA

w xc waste grL 0.00 0.00 0.00 0.00 0.00myo
w xc waste grL 0.01 0.01 0.00 0.01 0.01BSA

Purity extract 0.30 0.38 0.47 0.50 0.54
Purity raffinate 0.99 0.98 0.96 0.94 0.90
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( )Figure 3. Position of experimental points � relative to
the region of complete separation for myo-
globin and BSA.
Roman numbers refer to experiment numbers in Table 1.

stream. This is seen in Figure 4, which compares the mea-
sured concentrations leaving each column at half the cycle

Ž .time Ruthven and Ching, 1989 and the model predictions of
the profile for experiment III.

Even though the harvested products are not pure, enrich-
ment does occur. This is illustrated by the concentration ratio
of BSA to myoglobin. The feed solution contained 5 grL BSA
and 1 grL myoglobin, a BSA to myoglobin ratio of 5. The
extract is enriched in myoglobin, as shown by a decrease in
this ratio to 1 in Figure 4. The raffinate is enriched in BSA,
as shown by an increase of the ratio to 40.

The tendencies between variation in flow-rate ratios and
separation performance of the mass-transfer-limited size-ex-
clusion SMB agreed qualitatively with the expected SMB be-
havior. For instance, a simultaneous increase in the flow-rate
ratio in sections II and III results in the increased recovery of
both components in the raffinate product and the decreased
recovery of both proteins in the extract product. This is ex-
pected, since the upward transport of both BSA and myo-
globin is favored by an increasing flow rate. The quantitative

( ) ( )Figure 4. Experimental symbols and simulated lines
concentration profiles along the labo-
ratory-scale SMB in experiment III.

( ) ( )Figure 5. Recovery of myoglobin a and BSA b in ex-
tract, raffinate, and waste streams.
Symbols represent experimental values, lines indicate model
predictions.

agreement between experimental and predicted performance
is good, as can be seen in Figure 5, which shows a compari-
son of the predicted and experimental recoveries as calcu-
lated from on-line analysis at steady state in the five experi-
ments as a function of m .2

Optimization of purity and reco©ery
Obviously, the experimental Stanton numbers have been

too low to attain complete separation. The Stanton numbers
that are required to obtain a given purity and recovery were
calculated using the TMB model. Arbitrarily, the extract and
raffinate purity and overall recovery of both BSA and myo-
globin have been chosen at 95%. The particle diameter and
solids interstitial velocity were kept constant at the experi-
mental values of 200 �m and 0.0013 mrs, respectively. At
these constant values, only the column lengths per section
determine the Stanton number; hence, in Figure 6 we only
represented the section lengths calculated per experiment.
This figure lacks data on experiment I, as this point has been
chosen too far outside the region of complete separation to
obtain the given purity and recovery using any combination
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Figure 6. Optimal column length for achieving P sPE R
sR , AsR ,Bs95%, dD s200 �m, v sov ov p s
0.0013 mrrrrrs.

Žof column lengths. In this case, equilibrium rather than mass
.transfer prohibits the attainment of complete separation.

The figure shows that a rather short section I and IV will
suffice in all experiments. This agrees with the choice of the
operating point, which is rather far from the respective
boundaries. Sections II and III require more length. It is seen
that, traveling from experiment II to experiment V, the calcu-
lated required length of section II is decreased and the length
of section III is increased. This is expected, as the operating
points drift away from the m -boundary and increasingly ap-2

proach the m -boundary. The total length is minimal in ex-3
periment IV. This operation is well inside the triangle, closer
to the m -boundary than to the m -boundary. This asymme-3 2
try reflects the asymmetric feed concentrations chosen; the
change in concentration of BSA, with a feed concentration of
5 grL, is much higher than that of myoglobin, with a feed
concentration of 1 grL.

Note that the analysis per section is not included in the
Ž .procedure described by Charton and Nicoud 1995 . This

might lead to an unnecessarily high efficiency in sections I,
III, and IV, or one that is too low in section II.

Optimization of producti©ity
For optimization of productivity as a function of the parti-

Žcle diameter, the system variables total column length and
.maximum pressure drop , as well as the performance param-

eters, are set at a chosen value. In practice, these are en-
forced by the available SMB system, or the requirements on
the products. Essentially, this is an economic optimization. In
this article, we only optimized productivity as such, as the

Ž .economic optimization contains many company specific fig-
ures. In this subsection, we give the results of optimization of

Ž .the particle size with variable system length Figure 7A , with
Žvariable maximum allowed pressure drop per meter Figure

. Ž .7B , and with variable separation performance Figure 7C .
This is done in order to sketch the variance in the optimal
particle size. The m-values of experiment III were used in all
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calculations. The base case is the situation with a total system
length of 1 m, a pressure drop of 105 Parm, and P s P sE R
R sR s95%. In the base case, the optimum particleov, A ov, B
diameter equals 145 �m, which is indeed much smaller than
the experimental 200 �m. In the base case, the optimal dis-
tribution of column length per section L : L : L : L is1 2 3 4
1.05:7.42:1.09:0.45. These figures did not change very much
in comparison to the values shown in Figure 6 upon changing
the particle diameter. This is due to the fact that the resis-
tance to mass transfer is predominantly in the solid phase;
the third term in Eq. 3 is approximately 50 times as large as
the first and second term. Hence, the Stanton number is pro-

Ž 2. Žportional to Lr ® � d . Constant Stanton numbers requireds p
.for a constant separation performance are achieved when ®s

is proportional to d2, without changing the length per sec-p
tion.

When the total system length is varied, the productivity de-
termined by mass transfer is almost invariable. Again this is a
result of the mass-transfer resistance being predominantly at
the solids side of the particle. The Stanton number is then
constant when the ratio Lr® is constant. According to Eq. 8,s
productivity is then also constant. The productivity as limited
by the pressure drop depends on the system length, as sug-
gested by Eq. 10. The combination of the two effects is that
the optimum particle size shifts to increased values upon in-
creasing the system length.

When the maximum allowed pressure drop is increased,
the optimum particle size is shifted to smaller particles, for
obvious reasons.

The change in the purity requirements to lower values leads
to a shift in the optimum particle size to larger particles. This
is expected, as lower Stanton values are sufficient to reach
the given performance.

Conclusions
SMB systems can be used for the fractionation of two pro-

teins by size-exclusion chromatography. In experiments with
an aqueous feed stream containing BSA and myoglobin, the
obtained extract streams were enriched in myoglobin and the
raffinate streams were enriched in BSA. Equilibrium theory
has been used to define the conditions for complete separa-

Ž .tion triangle theory , but no complete separation has been
observed. Clearly, this is due to slow mass transfer of macro-
molecules, such as proteins in porous matrices. The experi-
mental concentration profiles agree well with those calcu-
lated with a steady-state true moving-bed model, using a lin-
ear driving-force approximation for the mass-transfer de-
scription.

SMB systems, optimized with respect to productivity per
resin volume per time and eluent consumption, and operate
under a mass-transfer limitation. This should be taken into
account when defining the proper operating conditions. There
are minimum values for the Stanton numbers required to ob-
tain a given purity and recovery in each of the sections of an
SMB system. These minimum Stanton numbers can be iden-
tified using an equivalent TMB model, after selection of the
purity of the extract and raffinate product and the overall
recovery of the two proteins. Column length per section, liq-
uid velocity, and particle size can be selected in such a way
that these criteria are met for Stanton numbers.

The productivity at the m-values of experiment III has been
optimized with respect to particle diameter. In the ‘‘base
case,’’ where the total length equals 1 m, the maximum pres-
sure drop is 105 Parm and P s P sR sR s95%,E R ov, A ov, B
the optimum particle size is 145 �m, and the distribution of
column lengths L : L : L : L is 1.05:7.42:1.09:0.45. The opti-1 2 3 4
mum particle diameter shifts to smaller particle size as the
pressure drop is increased, purity and recovery requirements
are increased, or the total column length is decreased. These
figures show that the equivalent TMB model can well be used
for optimization of performance criteria. It should be noted
that in practical systems, the optimization is an economical
one; however, by changing the objective function, the TMB
model can also be used for that purpose.
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Notation
Ascolumn area, m2

assolid�liquid interfacial area, Lrm
csliquid-phase concentration, grL

Dsdiffusion coefficient, m2rs
D seffective diffusion coefficient in sorbent pores, m2rsp
d sparticle diameter, mp
Esdispersion coefficient, m2rs
Ksdistribution coefficient
k soverall mass-transfer coefficient, mrso
Lscolumn length, m

L ssection length, ms
w xmsflow-rate ratio � r�L S
w xPesPeclet number ®LrE

Prsproductivity, system volumerh
qssolid-phase concentration, grL
r sfiber radius, nmf
r sStokes radius of protein, nmp

w xSsSeparation factor � Kr�S L
w xScsSchmidt number �rD�
w xStsStanton number k aL r®o s s

tstime, s
ussuperficial velocity, mrs
®sinterstitial velocity, mrs
® ssolid-phase interstitial velocity, mrss
Vscolumn volume, m3

V sdead volume per column, m3
d

V stotal system volume, m3
tot
xsdistance, m

w xzsdimensionless distance xrL

Greek letters
wŽ . x�sphase ratio 1y� r�

�sporosity
	 sparticle solids fractionf


saspect ratio
�sviscosity, Pa � s
�sdensity, kgrm3

�sdimensionless time
� sswitch time, s
�svolumetric flow rate, m3rs
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Appendix: Steady-State TMB Model
In the case of linear equilibria, the profiles in a true mov-

Žing bed at steady state can be calculated analytically cf.
.Ruthven and Ching, 1989 . Let us consider one section of the

true moving bed. Since the TMB is at steady state, all accu-
mulation terms cease. When axial dispersion is integrated in

Ž .the linear driving force mass-transfer term, such as in Eq. 3,
the mass balance over the liquid phase at position x in the
section reduces to

dc 1y�
® � q � k a� Kcyq s0 A1Ž . Ž .odx �

In our calculations, the mass-transfer coefficient is related
to the SMB interstitial velocities. The solid- and liquid-phase
concentrations can be related via a balance relating the con-
centrations c and q at position x to the concentrations c0

Žand q at the liquid inlet side of the section that is, the0
.bottom; position xs0

� ®
qyq s � cyc A2Ž . Ž .0 01y� ®s

After substituting Eq. A2 in Eq. A1 and introducing the
dimensionless variables, Stsk aL r® and zs xrL , and theo s s s
separation factor, S, defined as SsK � ®r®, the mass-bal-s
ance equation can be rewritten in a dimensionless form

dc Sq0sySt � Sy1 cqc y A3Ž . Ž .0dz K

This equation can be integrated analytically, yielding an
Ž . Ž .equation containing only concentration c and location z

Ž .and the concentrations at the bottom of the section q ,c0 0

Sq0
Sy1 cqc yŽ . 0 K w xsexp St 1yS z A4Ž . Ž .Sq0
Sy1 c qc yŽ . 0 0 K

A similar mass balance can be written for all four sections of
the TMB.

The bottom concentrations can be obtained from the mass
balances relations at points of mixing of streams, the ‘‘nodes.’’
These are

q Isq IV cIsc D
0 L 0

q IIs q I cIIscI
0 L 0 L

m m ym2 3 2III II III II Fq sq c s c q c0 L 0 L ž /m m3 3

q IVsq III cIVscIII A5Ž .0 L 0 L

Simulation of a TMB profile can then be done in two steps.
Ž I IIThe first step is to find the ten node concentrations c , c ,0 0

III IV IV I II III IV IV.c , c , c , q , q , q , q , q . This is done by combin-0 0 L 0 0 0 0 L
Ž . Ž .ing the mass balance Eq. A2 from the bottom xs0 to the

Ž . Ž .top xsL of the section with the node equations Eq. A5 ,
for example, for section I

q IIsq I sq Iqm cI ycI sq Iqm cIIycI A6Ž .Ž . Ž .0 L 0 1 L 0 0 1 0 0
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The relation between c and c is obtained from integra-0 L
Ž .tion of the liquid balance Eq. A4 to zs1. For convenience,

the latter is rewritten using two dummy variables, f and g

Sy1 c sc fqq gŽ . L 0 0

where

w xfsS exp St � 1yS y1 andŽ .
S

w xgs 1yexp St � 1yS A7� 4Ž . Ž .
K

combining four equations like Eq. A4 and four like Eq. A6
and the node balance over the desorbent inlet results in a set
of 10 equations, which is, written in matrix form

Ic0If g 1yS 0 0 0 0 0 0 01 1 Iq 00m y1 ym 1 0 0 0 0 0 01 1
II 0cII 00 0 f g 1yS 0 0 0 0 02 2 0IIq00 0 m y1 ym 1 0 0 0 0 02 2
IIIIII c y f h0 3 20 0 0 0 f h g 1yS 0 0 03 1 3 � s A8Ž .III ym hq 3 20 0 0 0 m h y1 ym 1 0 0 03 1 3
IV 0IV c0 0 0 0 0 0 f g 1yS 0 04 4 0
IV0 0 0 0 0 0 m y1 ym 1 q4 4 0 0
IVm 0 0 0 0 0 0 0 0 0 0c1 L

IV0 1 0 0 0 0 0 0 0 y1 qL

Ž .where h sm rm and h s m ym rm . Note that the1 2 3 2 3 2 3
separation factors and the Stanton numbers vary from sec-
tion to section. After solving this set of equations by matrix

Žinversion for instance, using commercial software such as
Ž .Mathcad MathSoft Corp. , the node concentrations are

known.

The second step in calculating the profile over the TMB is
Ž .to calculate the concentrations at various positions z in the

sections via Eq. A4, where the node concentrations are used
for c and q . Thus, the procedure is completed.0 0
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